Subsea processing is getting increased interest in the oil and gas sector as it can provide broader exploration of the oil and gas with a lower environmental footprint. Dehydration of natural gas with the use of triethylene glycol (TEG) is one of the main processing step for natural gas treatment to avoid transportation problems caused by the presence of water. Distillation is a commonly used technology for topside regeneration of TEG. However, for subsea operation alternative technologies are required to avoid complexity and the large energy consumption. Membranes are evaluated as promising solutions as they fulfil the subsea design criteria of compact design, flexible operation, and high modularity. In this work, the use of thermopervaporation for regeneration of TEG has been assessed. A mathematical model of a plate-and-frame thermopervaporation membrane module has been developed, where two-dimensional flow are considered for the liquid phases and the air gap is treated as a stagnant phase. Experimental pervaporation data were provided for the tuning of the model and the development of a temperature dependent permeability correlation. In addition, the effects of operation conditions and membrane properties on the separation performance were investigated. From this evaluation, it is clearly shown that the air gap significantly affects the separation performance and is a key parameter in the design of the thermopervaporation module.
Introduction
Subsea processing technology is considered as an enabling technology for production from more difficult fields located at larger water depths, longer tie-back distances and in colder/harsher environments [1] . Compared to the other fossil fuels, natural gas is an environmental friendly clean fuel. To ensure safe processing and transmission of the natural gas the water content in the gas from the reservoir needs to be reduced and controlled [2] . Natural gas dehydration can be achieved through different methods, such as solid adsorption or liquid absorption [3] . Nowadays, the most commonly used technology in the oil and gas industry is absorption using glycols, where triethylene glycol (TEG) is the most used [4] . The common technology for topside regeneration is distillation, but its system complexity and the large energy consumption fosters the research for alternative technologies for subsea operation [5] . Compact design, high modularity, and flexible operation make membrane pervaporation a promising solution [6] . Natural gas dehydration using a closed-loop membrane process has been reported in our prior work [6] , which includes a membrane contactor operating at high pressure to dehydrate the natural gas and a thermopervaporation unit to regenerate the H O 2 -rich glycol absorbent. In a previous work [7] , the developed model for the membrane contactor for dehydration of natural gas with TEG has been reported.
Pervaporation combines the permeation through a membrane and evaporation, possibly leading to higher recovery of the absorbent. This combination results in pervaporation being considered as a cost-effective technology as mainly the minor component is involved in the evaporation and the separation efficiency is increased due to the use of a selective membrane [8] . Three different process configurations can be used to achieve a low vapour pressure on the permeate side and hence maximize the driving force. The operation configurations are the use of a sweep gas, or a vacuum pump, or alternatively by condensation (normally called thermopervaporation) [8] [9] [10] . The use of vacuum is the most common method in experimental studies and commercial use. Despite for the large potential of pervaporation in different application, the main industrial application is dehydration of organic solvents, especially dehydration of ethanol [11] . Wijmans et al. [12] have patented the use of pervaporation for regeneration of TEG in combination with a conventional contacting tower for dehydration of the natural gas. For subsea operation, the use of a vacuum pump or sweep gas are https://doi.org/10.1016/j.memsci.2019.117205 Received 29 January 2019; Received in revised form 1 April 2019; Accepted 19 June 2019 less feasible, and thermopervaporation could be a promising technology due to the unlimited amount of cooling water from the sea.
Several researchers [13] [14] [15] [16] [17] [18] [19] [20] [21] have investigated glycol dehydration using vacuum pervaporation with different types of membranes, but literature data mainly focus on dehydration of monoethylene glycol (MEG) and only one experimental value is available for dehydration of TEG [18] . Due to the different properties of the two glycols, MEG data cannot be considered representative for TEG dehydration. However, in view of the lower volatility compared to MEG, higher separation factor is expected. To the best of authors' knowledge, thermopervaporation has also received little attention in the open literature [22] [23] [24] [25] , and no data related to glycols are currently available. Therefore, the proper evaluation of the pervaporation potential by means of process simulation is limited by the lack of experimental data. In this view, the present paper provides a systematic study of membrane performance for TEG/ H O 2 binary mixtures, aiming at providing a necessary dataset for model implementation. In order to meet the subsea requirements in terms of long-term stability, thin composite membranes (dense coating supported on a porous layer) have been identified as a preferable configuration, as the dense coating is able to prevent issues such as pore wetting, which can seriously hinder the membrane capacity. Therefore, a compatibility test of different membrane materials has been performed, with the scope of identifying a suitable polymer candidate as dense layer coating. Upon the identification of the dense layer materials, thin composite membranes have been prepared and their morphology has been investigated by SEM imaging. Subsequently, pervaporation tests have been performed for pure water and H O 2 /TEG mixture (water content up to 30 wt%) in a temperature range between 30 and ∘ 50 C. The permeate composition has been detected by gas chromatograph (GC) analysis to identify the separation factor achieved by the pervaporation process.
Based on the experimental data, a permeability correlation required for the implementation of a thermopervaporation model has been developed. To the best of the authors' knowledge, thermopervaporation modelling has received little attention in literature [26, 27] , and no studies have been found on the investigation of this technology within the dehydration of glycols. From a modelling point of view, air gap membrane distillation and thermopervaporation are similar processes. Therefore, models developed for air gap membrane distillation can be considered of interest for the development of a thermopervaporation model. The main difference lies in the dense coating layer typically used in the membrane configuration for thermopervaporation to improve the process selectivity. Even though additional literature references about membrane distillation modelling [28] [29] [30] [31] [32] are found, none of them deals with TEG dehydration. More research was conducted on pervaporation with vacuum operation, and hence more models pervaporation were reported. Even though many of the reported models are focus on describing the membrane flux, some models also describe the membrane modules, which are required for process design and optimization. The reported models cover different pervaporation applications with different module configurations (spiral wound, flat sheet and hollow fiber) and model complexity [33] [34] [35] [36] [37] .
Thermopervaporation has been evaluated as a potential technology for regeneration of triethylene glycol in a subsea natural gas dehydration system [6] . A model to document feasibility and operation performance is then needed. In this paper, a mathematical model of the thermopervaporation module is developed in MATLAB and solved with the use of orthogonal collocation. In addition, the effects of different membrane module parameters and operation conditions on the separation performance are evaluated.
Model development
The thermopervaporation model reported in this paper is based on the plate-and-frame configuration as illustrated in Fig. 1a . The model evaluates one feed channel with the surrounding air gap and one channel for cooling water, assuming equal performance of all the channels. Steady state is assumed, giving that the amount of H O 2 transported over the membrane is equal to the amount condensed in the air gap on the cooling wall. In addition, the liquid condensate is assumed to have equal temperature as the cooling water. The model is a 2D model for the liquid phases, to include temperature profile and for the liquid TEG also the concentration profile in the channel in x-direction. Uniform conditions are considered in y-direction. The mass and energy transport over the membrane to the cooling wall is based on the mass transfer resistance in series model, from the membrane-liquid interface to the cooling wall where the air gap is considered as a stagnant phase. A schematic illustration of the thermopervaporation model is given in Fig. 1b .
Assumptions
The developed model comprises a set of assumptions as listed below.
1 Steady state 2 Equal performance of each channel 3 Laminar flow for TEG flow and cooling water 4 Equilibrium at gas-liquid interface for the membrane and the cooling wall 5 Uniform conditions in y-direction 6 Liquid condensed from the air gap has equal temperature as the cooling water 7 No liquid film formation of the permeate is considered on the cooling wall
Velocity profile
Based on the Reynolds number of the liquid flow in the feed channel and cooling water channel, laminar flow is assumed. The axial flow velocity as function of the channel position (x) can be derived as given in Eq. (1) . Assuming a parabolic velocity profile implies zero velocity of the liquid at the channel walls, which for a membrane process might not be true due to the mass flux over the membrane. However, it is assumed that a parabolic velocity profile can be used as the flux over the membrane is small compared to the liquid flow in axial direction.
where v z,av is the average liquid velocity [m/s], which is the total flow rate divided by the flow cross sectional area, x is the position in xdirection and δ f is the thickness of the feed channel [m].
Feed channels
The differential equation for the concentration changes along the membrane module is given by Eq. (2) . The liquid phase is modelled as two-dimensional flows, including diffusion in x-direction in addition to the axial convective flow (z-direction), with the assumption of uniform condition in y-direction. With a two-dimensional model, no mass transfer coefficient is needed to include the mass transfer resistance in the liquid boundary layer. 
where P l is the liquid phase pressure [kPa], f D,l is the friction factor, Re l is the feed channel Reynolds number, d h is the hydraulic diameter of the channel [m] and L w is the membrane width [m].
Cooling water channel
The temperature changes in the cooling water channel are the main value of interest for the cooling water. Therefore, a two-dimensional energy balance for the cooling water channel is included in the model using Eq. (13) . 
T cw,feed is the cooling water feed temperature [K] and δ cw is the thickness of the cooling water channel [m].
Membrane flux
The flux from the liquid-membrane interface to the condensation in the air gap is found following the resistance in series approach, based on the local driving forces. 
The partial pressure of H O 2 on the air gap side at the cooling wall is found equal to the saturation pressure of pure H O 2 at the temperature of the condensate, which is assumed equal to the cooling water temperature, by Eq. (21) [39] . 
The vapour-liquid equilibrium partial pressure of H O 2 over the TEG solution at the membrane liquid interface is found based on the modified Raoult's law, given in Eq. (22) . The activity coefficient is included to adapt for non-ideal solution and is calculated based on the model reported by Parrish et al. [40] given in Eq. (23)- (27 
= − C T 0.88874 0.001915 l,mem (27) where T l,mem is the temperature of the liquid at membrane interface [K]. The air gap is a stagnant phase for heat and mass transfer and the mass transfer coefficient (k ag,H2O ) is found from the air gap spacing and the diffusivity of H O Two different diffusion mechanisms can take place in the mass transport over the porous support, namely molecular diffusion and Knudsen diffusion. Molecular diffusion is dominating at pore sizes larger than 0.1 μm and Knudsen diffusion dominates with pore sizes smaller than 50 nm [9] . If both molecular diffusion (D air,H O 2 ) and Knudsen diffusion (D kn,H O 2 ) contribute to the mass transport, the porous membrane mass transfer coefficient (k pmem ) is given by Eq. (31). 
where δ mem,p is the thickness of the porous membrane [m], τ p is the tortuosity of the membrane and ε p is the porosity of the membrane. The diffusivity coefficient for Knudsen diffusion is found with Eq. 
Physical properties
In addition to the mass balance equations, the model also includes correlations for physical properties. Table 1 gives an overview of the main properties correlations, including the functional dependency and the literature source for the correlation.
Experimental data and model tuning
Compatibility and pervaporation tests have been performed in order to provide a reliable dataset for the estimation of the thermopervaporation potential in regeneration of TEG by water removal. In f(dp, T l) [9] Heat capacity of TEG C p,l f(Tl, x H2O) [43] Thermal conductivity of TEG λ l f(Tl, x H2O) [ permeability through the membrane layer. It is expected that the correlation developed for pervaporation can be used in the thermopervaporation model, as the permeability of the dense layer is an intrinsic property of the membrane material. In addition, the developed model (section 2) accounts for the different boundary conditions, which applies to the different processes.
Materials and methods

Materials
Several polymeric materials have been investigated to determine their compatibility with TEG. Poly[1-(trimethylsilyl)-1-propyne] (PTMSP) was purchased from Gelest Inc. (Pennsylvania, US); Teflon ® AF2400 was purchased from the Chemours Company (Wilmington, US); extruded Nafion membrane (Nafion™ Membrane NR-211) was purchased from Ion Power (Munich, Germany); polydimethylsiloxane (PDMS) was obtained from Sylgard 184 provided by Dow Corning (Lindberg & Lund, Norway); Nexar was provided by Kraton Polymers (Houston, TX). Porous polypropylene Celgard ® 2400 was kindly supplied by Celgard (Charlotte, NC). 6FDA-Durene polimide and PIM-1 were synthesized according to previous literature [45, 46] . FC-72 was purchased from 3 M (Kemi-Intressen, Sweden). Reagent-Plus quality of toluene, cyclohexane, chloroform (CCl4), tetrahydrofuran (THF), triethyelene glycol (TEG) and triethyelene glycol monoethylether (TEG-MEE) was purchased from Sigma Aldrich, and the solvents have been used without further purification.
Membrane preparation
The polymeric samples prepared for the compatibility tests were obtained by solvent casting technique. A calibrated amount of polymer was dissolved in a specific solvent to achieve a solid concentration of 1 wt%, stirred overnight to ensure the achievement of a clear solution and then casted on a petri dish. Upon the solvent evaporation, the membranes were heat treated at a temperature above the boiling point of the solvent under vacuum overnight to ensure a complete solvent removal. The following solvents have been used: cyclohexane in the case of PTMSP, FC-72 in the case of Teflon ® AF2400, toluene in the case of PDMS, THF in the case of Nexar, CCl4 in the case of 6FDA-Durene and PIM-1. The prepared samples had a thickness in the range off 50-100 μm.
Upon the identification of the proper polymer candidate, thin composite membranes have been prepared for testing in the pervaporation setup. In particular, thin layers of Teflon ® AF2400 were coated on Celgard ® 2400 (average pore size 43 nm, porosity 41%) by dipcoating technique. 100 ml of 1 wt% solution of Teflon ® AF2400 were prepared and dropped in a glass container. The porous support was flattened on a glass plate using aluminium tape to prevent flowing of solution on the back of the support. The glass plate was then dipped inside the casting solution and placed vertically to allow the solvent evaporation. The dipping procedure was repeated twice, flipping the plate of ∘ 180 to ensure the homogeneous coating of a defect-free layer of Teflon ® AF2400. The thickness of the selective layer was then investigated by SEM imaging. As showed in Fig. S1 (Supplementary material), a coating thickness of about 1.7 μm was achieved.
Membrane characterization
Compatibility of the fabricated membranes was investigated by immersion tests [47] in TEG. The weight of the immersed sample was monitored over time in order to determine the TEG uptake (Ω TEG ), measured according to Eq. (38).
where m t ( ) is the mass at a given time [g] and m dry is the dry sample
The flasks containing the samples and the TEG were kept at room temperature during the period of investigation. For each membrane type, duplicates were measured in order to strengthen the statistical significance of the measurement.
To determine the transport properties of the thin composite membrane, pervaporation tests were performed using an in-house built apparatus. Details on the pervaporation setup are given elsewhere [48] . The membrane was placed inside the sample holder and the liquid solution was circulated on the top of the membrane. At the same time, vacuum was created on the downstream side by a vacuum pump, monitoring the pressure using a pressure transducer with a 100 mbar full scale. Initially, the system was running for at least 1 h to allow the achievement of steady state conditions across the membrane. Afterwards, the permeate vapour was sent to the sampling trap, where it was collected due to the cold temperature created by the liquid nitrogen. The permeate mass was determined by weighing the sample holder and then collected for further GC analysis. To improve the statistical significance of the data, triplicates were measured for each temperature and feed liquid compositions. The pervaporation setup has a maximum temperature limit of ∘ 60 C. TEG/H O 2 solutions used in the feed were prepared on a mass base by mixing different amounts of the two components. Information about the temperature and the different feed solutions used in the experiments are reported in Table 2 .
When glycol mixtures were used as liquid feed, the analytical determination of the permeate composition was performed using an Agilent 7890A gas chromatograph (GC) coupled with an Agilent 5975C inert mass spectrometer (MS) operating in the selected ion monitoring (SIM) mode. The GC-MS was equipped with an Agilent CP7596 capillary column and a split liner injector, and used Helium as inert gaseous phase. To increase the accuracy of the analysis, an internal standard (TEG-MEE) was used for each measurement. Before the injection of the permeate samples from pervaporation, standards were prepared with concentration ranging from 20 to 1000 ppm and used to create the calibration curve. More details about the GC analysis can be found elsewhere [49] .
Upon 
Compatibility test
In subsea operations, reliability and long-term stabilities are key priorities. Therefore, compatibility tests are fundamental to identify suitable candidates for the thin dense layer to be coated on the top of the porous support. Compatibility has been estimated by means of immersion tests, identifying the amount of TEG absorbed within the polymer matrix. High TEG uptake would lead to significant swelling phenomena, affecting the long-term performance of the membrane. In addition, large TEG concentration in the membrane could possibly lead to poor TEG recovery after the pervaporation stage.
To achieve high efficiency of water removal, the dense layer must own a high water permeability. According to this idea, two family of materials were investigated: hydrophilic membranes with hydrophobic backbones (Nafion and Nexar); hydrophobic membranes with high free volume (Teflon ® AF2400, PIM-1, 6FDA-Durene, PTMSP, PDMS). In the first case, the hydrophilic side chains are able to ensure high water permeability and the hydrophobic backbones confer good mechanical stability under swollen conditions [50, 51] . In the second group, the membrane integrity is guaranteed by the hydrophobic nature, but the high free volume ensure large transmembrane fluxes [48, 52] . Fig. S2 (Supplementary material) displays the data observed for the different polymeric samples prepared. Both hydrophilic membranes showed high TEG uptake: Nexar showed an equilibrium value of about 1.75 g TEG / g pol , whereas about 1 g TEG /g pol was measured in the case of Nafion. In both cases, the sulfonic groups are considered responsible for interactions with the hydroxyl groups present in the glycol. The larger uptake of Nexar is likely related to the higher sulfonic content compared to Nafion. Among the hydrophobic high free volume polymers, PIM-1 showed the highest TEG uptake, with a value close to one observed for Nafion, followed by PTMSP and 6FDA-Durene, in which the uptake was measured to be in the range of 0.75 g TEG /g pol . On the contrary, low TEG uptake was observed in the case of PDMS and Teflon ® AF2400. In particular, PDMS showed an uptake in the order of 0.05 g TEG /g pol , whereas negligible uptake was observed in the case of Teflon ® AF2400. In this last case, the results may be attributed to the high hydrophobic nature of the carbon-fluoro bonds present on the polymer structure. A negligible TEG uptake is a promising precondition to achieve long-term stability of the pervaporation unit in a wide range of operating conditions, satisfying a key premise in subsea operations. In addition, despite the hydrophobic nature, the high free volume is supposed to ensure high H O 2 permeance possibly limiting the interfacial area needed to achieve the target separation. In this regard and according to the results obtained from the compatibility test, Teflon ® AF2400 appeared to be the most suitable material to match the project requirements and, therefore, it was chosen for further investigation.
Pervaporation test
The results obtained from pervaporation tests are reported in Fig. 2a and in Table 2 . By increasing the operating temperature, the transmembrane flux increased for all the investigated feed solutions. In the 30 C, the value ranged from ∼75 g/m 2 h at 70 wt% TEG to ∼ 31 g/m 2 h at 90 wt% TEG. However, the determination of the permeate composition showed an extremely low TEG concentration, within the ppm range ( Table 2 ). Despite the challenges of measuring such low concentration through GC-MS, the values ranged from 70 to about 500 ppm, showing increasing trend with operating temperature and TEG concentration in the feed solution.
In the case of the solution containing 80 wt% TEG, the higher TEG values detected are mainly related to contamination of the samples. Upon the determination of the TEG concentration in the permeate, the H O 2 permeance has been calculated according to Eq. (40) and the results are reported in Fig. 2a . In this case, the increase of temperature determined a drop in the H O 2 permeance value, suggesting that the flux increment is smaller than the driving force enhancement. Despite the glassy nature, the high free volume of Teflon ® AF2400 determines that its permeability is dominated by the solubility coefficient. Similar trend have been observed also for CO 2 and primary amines [48] . For pure H O 2 , a permeance between 1500 and 1300 GPU was observed. The use of H O 2 /TEG binary mixture as feed solution, determined an additional decrease of the permeance value, possibly related to competitive sorption within the polymeric matrix. Similarly to the case of total flux, the drop appeared proportional to the water content in the feed solution. Despite the contamination observed for 80 wt% TEG solution, the low concentration of TEG in the permeate sample allowed the calculation of H O 2 permeance for this data series, with negligible effect on the accuracy of the reported value. At ∘ 30 C, the permeance decreased to 1290, 1151 and 1075 GPU for TEG concentraton of 70, 80 and 90 wt% TEG, respectively. For the three investigated operative temperatures, the H O 2 permeance trends clearly showed a flattening for low water content in the feed solution. Fig. 2b permeability to 2277 and to 2109 Barrer at 40 and ∘ 50 C, respectively. This result agrees well with the data previously published from our group for self-standing Teflon ® AF2400 membranes [48] . Minor differences may arise by the different thickness of the Teflon ® AF2400 layer, which have been demonstrated to affect the gas permeability for condensable gases such as CO 2 [53] . The results are also in the same order of magnitude of the value indicated in technical datasheet [54] from the producer (Chemours) for H O 2 permeability (4000 Barrer). However, due to the limited amount of information provided in the datasheet, it is difficult to explain the differences between our results and the one reported by the supplier. Scholes et al. [55] also observed significant differences between the H O permeance, the determination of the permeate concentration allowed also to calculate the separation factor according to Eq. (41). Fig. S3 (Supplementary material) shows the results achieved for the H O 2 /TEG binary mixtures, with a comparison to the separation determined by the vapour-liquid equilibrium. Even though negligible effects on the separation factor can be associated to the presence of the membrane in the high water concentration range (30 wt% H O 2 in the feed), at the low water content (10 wt% H O 2 in the feed) the overall value is significantly increased. According to this result, the use of a hydrophobic membrane can possibly lead to improved TEG recovery, and therefore to lower operational costs associated to the regeneration process of the absorbent as the operation conditions would be in the lower water content range. However, the benefits of the membrane appear to be reduced with increasing operating temperature. The membrane was tested over a period of 3 months and the H O 2 permeance was reduced with less then 10% [49] .
As previously mentioned, only one literature reference is available for TEG dehydration [18] , using silica membranes. In the research, they reported a water flux value corresponding to 184 g/m 2 h, obtained at ∘ 80 C and using 9 wt% water in the feed. By extrapolating the H O 2 flux value obtained for the 90 wt% TEG solution at ∘ 80 C (linear correlation), the Teflon ® AF2400 composite membrane is expected to achieve a value of 152 g/m 2 h, which is comparable with the results obtained using inorganic membranes. Within the family of hydrophobic high free volume polymers, PIM-1 has also been investigated for the dehydration of glycols (MEG [13] ). Similar H O 2 permeances are reported in the study (1000-2000 GPU for water content between 6.5 and 22 wt%), although a much thicker membrane (30 μm) was used. However, the analysis of the permeate concentration determined that PIM-1 is MEG selective, with MEG permeance that are about one order of magnitude higher permeance. As highlighted by our compatibility study, this effect can be generated by the high glycol uptake that characterized PIM-1, corroborating our idea that choosing a dense layer with negligible glycol uptake can lead to better stability and absorbent recovery.
Model tuning
The unknown parameter in the model is the dense membrane permeability. It is therefore a need for a permeability correlation for the model. Experimental data from a pervaporation apparatus was used. It would be more difficult to test the material properties by thermopervaporation experiments as many steps are involved. It is expected that the permeability correlation developed from pervaporation can be used in the thermopervaporation model, as the permeability of the dense layer is a material property. When changing from a pervaporation system to a thermopervaporation system the difference is the boundary conditions, which are considered in the model, and the membrane properties are expected to be unchanged. However, to be able to tune the model with experimental data the developed model was adjusted to fit the experimental apparatus. The main changes are:
• The experimental apparatus only consist of one feed channel with membrane on one side and a wall on the other (Illustrated in Fig. S4 , Supplementary material).
• Vacuum pump is used downstream, so no cooling water is used. The downstream pressure is specified based on experimental data.
• Temperature at the wall is assumed equal to the feed temperature as the experiment is performed inside a temperature-controlled environment.
• Adiabatic conditions are assumed (Q = 0). Therefore, only heat of vaporization is considered.
There are some deviations between the model and the experimental apparatus, which should be mentioned. In the apparatus, the geometry of the flat membrane is a circle and the feed is entering in one point. In the model, the membrane geometry is a square with the same membrane area as in the pervaporation experiments. In addition, uniform conditions along the inlet of the membrane (z = 0) is assumed which might give some deviation between the model and the experimental results.
The theoretical model developed for the pervaporation apparatus was validated against experimental data for the porous polypropylene (PP) membrane. In these experiments, pure water was used as the addition of TEG could provide wetting problems for the porous membrane. Two different mass transfer models were evaluated for the porous membrane. The first one is mass transfer by molecular diffusion, while the second includes the Knudsen diffusion in addition to the molecular diffusion. As can be seen from Fig. 3 the Knudsen diffusion has a significantly effect on the water transport over the membrane. With Knudsen diffusion included in the model, it is shown a good agreement between the model and the experimental data, within a mean error of −9%. The variation in the model results at the same temperature is due to the change of downstream pressure for the different experiments, which will affect the driving force in the model and hence the predicted flux.
When a composite membrane is used and the main mass transfer resistance is in the dense layer the Knudsen diffusion does not show a significant effect on the results. Increasing the permeability of the dense layer results in more contribution from the porous support to the total mass transfer resistance, and hence the Knudsen diffusion gets more important. Therefore, Knudsen diffusion should be included in the flux equation for this system. Based on the validation of the porous support, it is reasonable to assume that the unknown parameter for model tuning is the permeability of the dense layer.
The experimental results for the composite membrane consisting of a 25 μm thick porous polypropylene substrate coated with a 1.7 μm thick dense layer of Teflon ® AF2400 and the operation conditions are given in Table 2 . In the present model, only H O 2 permeation is considered as the TEG flow is expected to be extremely small compared to the water, based on the high separation factor (Fig. S3, Supplementary  material) . Furthermore, the H O 2 permeability is measured using mixtures, and the effect of TEG on the H O 2 permeation is therefore considered. An alternative method for permeability calculation to avoid the assumption of the dense layer being the main resistance and to include the effect of the liquid phase and the porous support is to use the developed model for the pervaporation apparatus to find the permeability value. In this evaluation the experimental feed conditions and downstream pressure is used and the permeability value is adjusted and optimized to achieve an equal value between the experimental flux and the predicted flux from the model. An assumption for this calculation method is that the dense layer is the only unknown parameter in the model. The predicted permeability values based on the model is given in Table 2 . The deviation between the permeability calculated from the experimental result and with the use of the model is about 14-25%. These results seem to be reasonable as it is expected that the liquid phase and porous support will have some contribution to the mass transfer resistance. It is therefore expected that the model predicted permeability should be somewhat higher than the experimental calculated permeability. In addition, with this calculation method all uncertainty in the model is included in the permeability value.
When going from pure H O 2 liquid feed to introduce TEG, several factors are changing and will affect the system. Increasing TEG amount in the feed will change the viscosity of the liquid and the diffusivity of H O 2 in TEG, affecting the mass transfer. When all these effects are taken into consideration, the permeability results indicate that the permeability is temperature and concentration dependent, as illustrated in Fig. 4 .
As it can be seen from Fig. 4 , the permeability value is showing a plateau for mole fractions of H O 2 lower than 0.7 (80 wt% TEG solution). The effect of TEG on the H O 2 permeability can possibly be the reason of the observed trend. It is clear that the TEG will influence the H O 2 permeability as it is proven that we have some TEG flux, even if this is very low. By looking at the activity coefficient of TEG in TEG-H O 2 solution ( Fig. S5, Supplementary material) , the activity coefficient of TEG is small at low TEG content, and hence the effect of TEG on H O 2 permeability is expected to be low. The TEG activity coefficient curve has a rapid increase when TEG is added to the pure H O 2 , but the increase is getting lower after 0.7 mol fraction H O 2 that is the same conditions as when the permeability value is flattening out. A suggested explanation to these results are that when the TEG content is increasing the activity coefficient is increasing giving more effect on the permeability (as the TEG absorption in the membrane material is increase). When the H O 2 mole fraction is above 0.7, a further increase in the TEG content gives a smaller change in the TEG activity coefficient. At these conditions, the amount of TEG is still affecting the permeability, but the activity coefficient and hence the amount of TEG absorbed in the membrane material is not significantly changed, which results in a more constant permeability value.
It would be favourable to include a permeability correlation in the model for prediction of the permeability value at the given operation condition of the model. The experimental results show that the permeability of the dense layer is both dependent on the temperature and the H O 2 concentration. As it can be seen from Fig. 4 , there is a concentration dependency between 0.7 and 1 mol fraction H O 2 . Below this concentration, the permeability value is not largely affected by the concentration. Therefore, the correlation developed at found based on optimization of the model to experimental results. Table 3 gives the parameter values with a 95% confidence interval. The developed correlation predicts the permeability values within an absolute average error of 4.4% compared to the model calculated permeabilities (Fig. 5 ). With the assumption that the model structure is correct, the model prediction for the permeability with a 95% confidence interval is given in Fig. 5 , which includes the variation in the model. This plot is of interest as the model is developed based on experimental data at temperatures between − ∘ C 30 50 , while the operating conditions for the process will be at a higher temperature and extrapolation of the correlation will be used. It is therefore of interest to see the uncertainties of the model in the region of operation. Experiments are not performed at higher temperatures due to experimental limitations.
Sensitivity study
The permeability correlation developed in the study was implemented in the thermopervaporation model and the effect of different membrane module properties and operation condition on the separation performance was investigated. The sensitivity study is performed by evaluating one parameter at the time if nothing else is specified. By understanding the effect of the different module parameters and operation conditions on the separation performance, the critical design parameters, and operation conditions can be found. The developed model is valid for the plate-and-frame module configuration, but not for other configurations. The basis values for the membrane module properties and operation conditions used in the sensitivity study are given in Table 4 .
Sensitivity of permeability correlation
A permeability correlation is used in the model, and a 95% confidence interval for the correlation gives some variation in the permeability value (Fig. 5 ). It would therefore be of interest to evaluate the effect of the permeability value on the separation performance. In this case study, the permeability value from the correlation is adjusted with a factor ( f AF2400,H2O P ) with different percentages and the effect on the separation performance is evaluated. As shown from the result (Fig. S6,  Supplementary material) , the effect on the separation performance is as expected, but not directly correlated with the adjustment factor. Increasing the permeability with 90% only increases the separation performance by 4.5%. The effect is lager when the permeability is reduced, which is expected as the resistance will be increased. However, with a 90% reduction of the permeability value the separation performance Table 3 The values of the parameters in the permeability correlation found by optimization to experimental data, in addition to a 95% parameter confidence interval. 
Membrane thickness
In membrane separation, reducing the membrane thickness is normally favourable from a separation point of view. In the thermopervaporation process, the heat transfer between the hot liquid to the cooling water should be minimized. It is therefore of interest to evaluate if the membrane material with good thermal insulation would reduce the liquid temperature drop and how this would affect the separation performance. As shown from the results in Fig. S7 (Supplementary material), increasing the thickness of the membrane layers results in reduced temperature drop, but it also reduces the separation performance. The results indicate that the thickness of the porous support affects the separation performance, but less than the dense membrane layer thickness; the temperature drop is reduced more with the porous support thickness compared to the dense layer thickness. An increase of the porous support thickness from 25 μm to 1000 μm, keeping the dense membrane layer at 1 μm, results in a separation performance reduction of 10.5%, while the temperature drop is decreased with 13.7%. The effect of the dense membrane layer on the separation performance is more significant when changing from 1 μm up to 10 μm (porous support 25 μm), compared to further increase as the separation performance is almost negligible with higher thickness. With a dense layer thickness of 10 μm, about 6% of the H O 2 in the liquid feed is removed under the given operation conditions and module design. This indicates that thin membranes are favourable in the thermopervaporation system, but there is a limitation related to processability and membrane stability.
Feed channel thickness
The effect of the feed channel thickness, which is the distance between the two membrane surfaces, on the separation performance was evaluated. In this investigation, the flow velocity changes along with the feed channel thickness (Fig. S8, Supplementary material) , as the feed flow amount is kept constant. The results indicate that increasing the channel thickness will decrease the separation performance and the H O 2 content in the outlet liquid is increased. Smaller channels provide shorter diffusive pathways from the center line of the channel to the membrane, resulting in less temperature (Fig. 6b ) and concentration gradients (Fig. 6a ) in the feed channel and hence increased separation performance. A reduction in the temperature results in a increased permeability value which gives an reduction in the mass transfer resistance provided by the dense layer. In addition, the increased concentration gradient gives an increase in the mass transfer resistance provided by the liquid (0.2 mm Fig. 6c and 10 mm Fig. 6d ). It is expected that the pressure drop of the liquid over the membrane module will increase with smaller feed channels, which is also shown from the results (Fig. S8, Supplementary material) . From this evaluation, it seems that smaller channels are preferred, but the selection is restricted by liquid pressure drop and practical considerations such as solid impurities in the liquid, which might block the channels.
Air gap
Liquid temperature drop along the membrane module is a limiting factor, as it will reduce the driving force over the membrane. The temperature drop is a result of two different aspects: the heat transfer due to temperature differences from the hot TEG feed to the cooling water (Q T ) and the heat required for evaporation of the H O 2 passing the membrane (Q H ). As illustrated in Fig. 7a , the heat transfer from hot to cold liquid dominates the temperature drop in the TEG phase. When the air gap, which is the distance from the membrane surface to the cooling wall, is increased the heat transfer is reduced as it is inversely proportional to the air gap spacing, but it is still dominant. This shows the importance of the air gap and the heat insulation to reduce the heat transfer from hot liquid to the cold cooling water. An evaluation of the effect of the air gap was done by only changing this parameter in the system. As can be seen from Fig. 7b and c, the separation performance is improved as expected when the temperature drop along the module is reduced. The effect on the separation performance is more significant when the air gap is changed from 5 mm to 10 mm, compared to further increase after 10 mm. Increasing the air gap will result in larger membrane modules despite of better separation performance. Therefore, a trade-off between increased separation performance and module size can be identified. This investigation has shown that the air gap is a critical parameter in the design and development of the thermopervaporation membrane module.
Membrane length
Increasing the membrane length results in enlarged membrane area for mass and heat transfer. As shown earlier, the dominant reason for temperature reduction in the liquid feed is the heat transfer from the hot liquid to the cold cooling water. The temperature drop for the liquid along the module is increasing with the heat transfer area, as shown in Fig. 8 . As the temperature of the liquid is decreasing, the equilibrium partial pressure of H O 2 decreases and as can be seen the H O 2 flux is reversed with a membrane length above 2 m. From this evaluation it can be assumed that under the given membrane parameters and operation conditions the optimum membrane length is 2 m, which correspond to a membrane area of 8000 m 2 (membrane width 1 m and 2000 feed channels).
Cooling water channel thickness
The effects of the cooling water channel thickness at different cooling water velocities were investigated to understand the effects on the pressure drop and cooling water temperature, which are of interest with respect to energy consumption. Fig. S9 (Supplementary material) indicates that a higher velocity is favourable to reduce the temperature increase, while for the pressure drop lower velocity is preferred. For a velocity of 0.01 m/s and a cooling water channel thickness of 0.5 mm, the temperature increase is about 19 ∘ C, which is shown to have an effect on the separation performance. From this investigation, it seems that a velocity of 0.05 m/s or higher will prevent the temperature increase. In addition, a cooling water channel thickness of 2 mm or more seems not to affect either the separation performance, the temperature or the pressure drop.
Cooling water temperature
The previous evaluation shows that the increase in cooling water temperature along the membrane module does not largely affect the separation performance. Therefore the effect of the inlet cooling water temperature was investigated. When the cooling water temperature is increased, a reduction in the temperature drop could be seen, as shown in Fig. 9a . This is expected, as the driving force (temperature difference) over the membrane will be reduced. A smaller temperature drop of the liquid feed provides a higher equilibrium H O 2 pressure in the liquid solution, however as the downstream saturation pressure is increased with increasing cooling water temperature the separation performance is reduced with higher cooling water temperature (as shown in Fig. 9b ). Less effect of the cooling water temperature is shown when the TEG feed temperature is increased. For subsea operations, the availability of seawater at about 4 ∘ C for cooling purposes is a large advantage, and increasing the cooling water temperature will be inefficient.
As it was shown that the effect of increasing the temperature from 4 to 10 ∘ C did not significantly change the separation performance, at least not at higher feed temperatures, an alternative module design was evaluated. The changes in the module design are that the cooling water channels are replaced with cooling plates only and the cooling water circulation loop is located outside the module. To be able to remove all the heat from the cooling plate sufficient heat transfer area is assumed to be installed at the end of the cooling plate outside the module with an external cooling water circulation loop. In this evaluation the temperature on the inlet and outlet of the cooling wall (z = 0 and z = L) is set to 5 ∘ C. Fig. S10 (Supplementary material) shows that removing of the cooling water channel inside the module would give a reduction in the separation performance. The reason for this is the increased temperature of the cooling plate inside the module at the interface to the air gap. Different thermal conductivities were tested and the results showed that with materials such as stainless steel, the thermal conductivity is too low and the temperature increase along the cooling wall is too high, which leads to reversed mass transfer. For this module design a material with high thermal conductivity around 400-500 W/ m 2 K is required, and possible materials could be silver [58] or graphite [59] . However, as shown the separation performance is lower than when a cooling water channel is introduced even with the high thermal conductivity. In addition, for this evaluation 5 ∘ C was used as the cooling wall inlet and outlet temperatures, but it might be more realistic to think that this temperature will be slightly higher and then the performance would be even more reduced compared to the reported values.
The idea behind this design was that the pressure drop in a outside cooling water loop could possibly be lower that the inside cooling water channels. It would then be an evaluation if a higher investment cost, which is a one-time investment, would be favourable compared to operation cost due to energy requirements during operation. However, as can be seen from the previous investigation of the cooling water channel thickness, in Fig. S9 , the pressure drop along the channel is very small. Based on this and the fact that the separation performance is higher with a cooling water channel, the original module design would be favourable for the system.
TEG feed temperature
As this system is evaluated for subsea operation, it is favourable to keep the heating requirements as low as possible. It could also be an advantage if the required heat for the feed liquid can be provided with heat integration from the system. It is therefore of interest to see how the separation performance is changed with the feed liquid temperature. Higher feed temperature gives a larger temperature difference between the feed and the cooling water, which as expected results in increased temperature drop over the membrane module, as indicated in Fig. S10 (Supplementary material) . However, the H O 2 content in the TEG outlet is reduced with increasing temperature. The reason for this is that the equilibrium partial pressure is increased with a higher temperature, which enlarges the driving force for mass transfer over the membrane. Based on this evaluation high temperature is favourable from a separation point of view, but an evaluation should be done on energy demands to find the optimum temperature value. It is also important to consider the stability of the membrane material when selecting the optimum operation temperature. Furthermore, when thermopervaporation is considered for regeneration of TEG in a natural gas dehydration process, the regeneration temperature and hence the purity of the regenerated TEG determines the water dew point for the dry natural gas. The regenerated TEG at 120 ∘ C has a water content of 12.7 mol%, which is not sufficient to achieve a dry natural gas with water dew point of −18 ∘ C at 69 barg. Therefore, in a dehydration process, multiple thermopervaporation units in series would be required with heating between the units to achieve the required purity of the TEG. The evaluation of regeneration temperature and the number of regeneration steps needed to reach a suitable amount of H O 2 in the natural gas is an optimization problem, which is reported elsewhere [60] .
Liquid velocity
For a given set of membrane properties and operation conditions an increase in liquid flow rate results in reduced residence time for the liquid in the membrane module as the liquid velocity is increased. As illustrated in Fig. 10 , according to the given module configurations and operation conditions, an optimum liquid velocity around 0.03 cm/s is found. The reason for this optimum velocity is that at these conditions equilibrium is achieved at the outlet of the membrane module. At higher velocities the equilibrium is not achieved, the residence time is lower and the separation performance is reduced. With lower velocities than 0.03 cm/s the residence time in the module is too high, giving a large temperature drop, which results in the driving force being reverse. At lower velocities, a shorter membrane module and hence less membrane area is required to achieve the same separation performance. These results show that the liquid velocity should be optimized together with the module design, where it is important to considered the maximum allowable temperature drop for the liquid.
Conclusion
In the present study, the potential of membrane thermopervaporation for regeneration of TEG has been evaluated from both the experimental and modelling point of view. A compatibility study showed that among several polymeric materials, only PDMS and Teflon ® AF2400 have been found to absorb limited amount of TEG, meeting the requirement for stability on long-term operation required for subsea applications. The latter polymer has been chosen for further characterization and, despite the hydrophobic nature it shows water fluxes that are comparable with the value obtained from inorganic membranes. Furthermore and most importantly, the H O 2 /TEG separation factor appeared to be improved with respect to the vapour-liquid equilibria in the low water content range, which is more representative of real conditions for TEG dehydration. These results imply a promising potential of improving TEG recovery by means of membrane pervaporation, and it can positively affect the operational costs associated to the natural gas dehydration.
Aiming at a throughout evaluation of the potential of the proposed technological solution, a mathematical model of the thermopervaporation module was developed. Initially, the model has been adjusted to a pervaporation system with downstream vacuum for tuning of the H O 2 permeability value according to the experimental value. The correlation proposed for H O 2 permeation through the proposed thin composite membrane showed an absolute average error of 4.4% and was further used for the development of the thermopervaporation model. The effect of varying membrane properties and operation conditions are clearly shown on the separation performance. In particular, the air gap is shown to be a critical parameter in the design of a thermopervaporation module. Liquid temperature drop is a limiting factor for the separation performance as the driving force will be reduced. The temperature drop is caused by the heat flux due to evaporation and the heat transfer between the hot and the cold liquid, where the latter being dominant. The air gap is important as an insulation layer for heat transfer, as the heat exchange is inversely proportional with the air gap spacing. When the air gap is increased from 5 mm to 10 mm, the separation performance is increased with 6.7%. Further increase of the air gap will improve the separation performance, but to a smaller extend. In addition, the module size is proportional to the air gap that gives a trade-off between increased separation performance and module size.
The present research revealed a promising potential of using thermopervaporation technology to regenerate TEG. As part of future investigations, the experimental characterization of the thermopervaporation performance as well as the integration of the proposed thermopervaporation model in process simulation will be considered. 
